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A literal interface between thermodynamics and transport phenomena occurs in the 
steady-state condensation/vaporization of mixed vapors/liquids in wetted-wall towers. 
Unfortunately, several prominent transport texts assume that the ratio of molar fluxes is 
the same as the corresponding ratio of mole fractions at the interface for the phase 
being formed. This is shown to be true only at particular vertical positions corresponding 
to the first drop of condensate. The thermodynamics of the condensation/vaporization 
of mixtures is reviewed to understand why the ratio of pure-component j lwes  at the 
interface differs fiom that of corresponding equilibrium mole fractions. The dynamics of 
steady-state condensation in wetted-wall towers is also developed based on the film 
theory of Colbum and Drew. The temperature/composition diagram is used to trace 
both transport phenomena and thermodynamic variables at various tower heights. The 
Ackermann factor is corrected allowing more general use of the design equations when 
the vapor is nonideal. The usual neglect of liquid-film resistance to heat transfer is 
examined. Numerical calculations show an unusual rise in the interfacial temperature 
in a parallel jlow tower immediately below the onset of condensation. Possible and 
impossible sets of temperature and composition profiles are described. 

Introduction 

The condensation of mixed vapors, which is often encoun- 
tered in industrial processes, requires an understanding of (1) 
the thermodynamics of fluid mixtures, (2) phase equilibria, 
(3) heat transfer, and (4) mass transfer. While the subject has 
a rich literature dating back to the 1930s for mixtures, its 
complexity is obvious from the many methods and assump- 
tions used to design condensation towers. With modern com- 
puters, such assumptions can be tested and removed where 
necessary. We seek here to both provide new methods and a 
better understanding of the basics; that is why the following 
section looks at only the first two topics. The third section 
reviews the dynamic case involving also transport phenom- 
ena. Numerous errors in this literature have resulted from an 
incomplete understanding of the underlying thermodynamics. 
A simple example is that the composition of the condensate 
formed at the interface is, in general, neither that of the 
equilibrium vapor or liquid. 

Only binary systems will be considered here, although the 
results can easily be extended to multicomponents. As ap- 
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plied to commercial, wetted-wall towers, the condensation will 
be considered isobaric and at steady state. Evaporation is just 
the reverse of condensation, and so the same principles ap- 
ply, although resistances to heat and mass transfer may differ 
considerably. 

Thermodynamics and Phase Equilibria 
Material balances 

Consider the complete thermodynamic equilibria case 
where the vapor and liquid phases are homogeneous with no 
thermal or compositional gradients. For a binary mixture in 
vapor-liquid equilibrium (VLE) at some pressure and tem- 
perature (P, T ) ,  all intensive variables are fixed under the 
Gibbs phase rule. When the overall composition z( = z , )  is 
also fixed, the lever rule (material balance) provides the rela- 
tive amount of the two phases as (V/L) = [ ( z  - x ) / ( ~  - z ) ]  = 

[q / ( l -  q )] ,  where q is the quality or fraction vapor (mole 
basis), x is the liquid composition, and y the vapor composi- 
tion. Condensation and vaporization are reverse processes 
that may be performed at  constant pressure P ,  as in heat 
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Figure 1. Boiling at constant pressure for a binary 

system under complete thermodynamic 
equilibrium. 

exchangers, or at constant temperature T ,  as in some total- 
pressure measurement systems for VLE. Figures 1 and 2 show 
(1) a pictorial representation of boiling at constant P ,  and (2) 
the accompanying T/x diagram, respectively: 

If the still in Figure 1 was originally filled with liquid of 
overall composition z ,  then Figure 2 shows that the first bub- 
ble (bubble-point curve (BP)) of vapor would have a composi- 
tion y ,  at the bubble-point temperature TB, where x = z and 
4 = 0. As the vaporization proceeds, the temperature in the 
equilibrium still must increase. Figure 2 provides the liquid 
composition x and the vapor composition y for each T .  The 
lever rule provides 4 as long as we are inside the two-phase 
(24) region. Finally, the dew-point (DP) temperature To is 
reached with xI) the composition of the last drop of liquid 
( y  = z )  or q = 1. Of course, the process can be reversed as 
condensation from the DP to the BP. The preceding discus- 
sion excludes the high-pressure phenomena of retrograde con- 
densation where with increasing temperature at constant 
pressure a vapor mixture may first condense (retrograde), af- 
ter which that condensate evaporates normally. 

A common misconception is to view the crosshatched ele- 
ment of liquid in Figure 1 to be evaporated intact when in- 

MethanolMlater system 
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1 

Figure 2. Temperature/composition at constant pres- 
sure for a binary system, which is both volatile 
and condensable. 

deed x ,  y ,  and T are changing with this differential vaporiza- 
tion. The ratio of the amounts of components 1 and 2 differ- 
entially evaporated, the flux ratio ( N2/N,), is not generally 
(1 - x ) / x  nor ( 1  - y) /y ,  as is often assumed in texts on trans- 
port phenomena (Bird et al., 1960; Slattery, 1972) and in the 
important work of Sparrow and Marschall (1969). The first 
authors are careful not to make this assumption in their text, 
but do so in Problem 18.N,, where Eq. 18.N-1 is only correct 
for the initial condensate at the top of figure 18.N. The flux 
ratio (N2 /N1)  is only the same as (1 - x) /x  at a DP, whereas 
it is (1 - y) /y  only at a BP. Transport phenomena texts often 
assume that it is the composition ratio of the phase being 
formed, but this violates thermodynamic reversibility and, 
thus, the second law of thermodynamics. We now derive a 
general thermodynamic relation for (N2/NI) for the case of 
complete equilibrium (CTE). 

In the differential vaporization (or condensation) process 
of Figures 1 and 2, the moles of evaporated component 1 are 
d(Vy) = - d ( L x )  and d[V(l - y ) ]  = - d[L(1 -  x ) ]  for compo- 
nent 2. Thus, (N2 /N1)  = [dq - d(qy)l/d(qy), where the qual- 
ity q = V. Since [ d ( g ) / d q l =  y + q(dy/dq), 

From the lever balance rule, 4 = [ ( z  - x ) / ( y  - x ) ]  so ( -  d4) 
= [(l - qXdx)+ q(dy)]/(y - x) .  Substituting the latter expres- 
sion for (4) into Eq. 1 yields the major result for condensa- 
tion/vaporization under complete equilibrium: 

Equation 2 is correct at the BP or at the DP or for any value 
of 4. When the condensation/vaporization is at constant T ,  
then a very similar equation results: 

Both (dy/dx) ,  and (dy /dx) ,  must always be positive as a 
condition of material stability; they are nonzero at azeotropes 
where y = x ,  as shown in Figure 3. At high dilution, (dy /dx)  
-+ K'; as x -+ 0 and (dy /dx)  -+ KY as x + 1. EvaluatioQ of 
the limiting equilibrium constant K: in terms of Henry's con- 
stants and infinite dilution activity coefficients is given by Eu- 
bank et al. (1987). 

These derivatives can be estimated from any VLE model, 
equation of state (EoS), or the gamma-phi ( y - 4 )  method. A 
particularly simple case, which utilizes the premises of 
Raoult's law (no azeotropes possible), is where P = ( P p  - 
P F ) x  + PF and Py = Pyx .  Then at constant P ,  (dy/dx) ,  = 
[(dT/dx),XdT/dy),l = ([(y/r>P; + (1- y>rP;l/lxP; + (1 - 
x)P;])  = (Pi/Pi), where r = (Pp/Pp)  and F',' = (dP,"/dT). The 
final result for Raoult's law is 

AIChE Journal November 1998 Vol. 44, No. 11 2527 



where Pi, is also [x(P;/P)P; + (1 - x)(Pp/P)P:] under 
Raoult’s law. For (dy/dx),, a similar procedure provides the 
simpler result, 

as (dy/dx) ,  = ( P p P T / P 2 )  under Raoult’s law. For hydrocar- 
bon mixtures that condense at low to moderate pressures, 
this is a valid assumption. An EoS model must be used for 
high pressures, particularly where supercritical components 
are involved. For components that do not not form ideal liq- 
uid solutions, the y-4 method may be used at low to moder- 
ate pressures, but the EoS must again be used at high pres- 
sures (e.g., with Wong-Sandler mixing rules and the Peng- 
Robinson EoS). 

Numerical examples can be solved using (1) Raoult’s law, 

Figure 1 is termed the differential heut of vaporizutiori I,, where 

where S is the molar entropy. The integrul 1imt of ouporizu- 
r i m ,  L, ,  on the other hand, I \  

( 7 )  

which is the energy required to completely evaporate a mole 
unit of mixture at constant pressure, starting from its BP at 
the overall composition z of Figure 2 and ending at the DP. 
An excellent discussion of differential and integral heats of 
vaporization can be found in the text of Bett e t  al. (1975). 
Here, we are primarily interested in the differential heat of  
vaporization, which Strickland-Constable (1951) found to be 

( 2 )  azeotropic systems, and (3) systems near the VL critical 
loci. Equations can also be developed for VLLE, where liq- 
uid-phase splitting can occur upon condensation. 

Energy balances and heats of vaporization 
At any place in the two-phase region of Figure 2, the en- 

ergy required to evaporate a differential amount of liquid of 
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4 

/ 
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/ 
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/ 

Figure 3. A binary azeotrope at a given temperature or 
pressure. 

where A:, = i,“ - ii arc the difference of partial molar vol- 
umes of species i in vaporization; C,  is the specific heat ca- 
pacity; (dP/dT),v  is the slope of the liquid isopleth or BP 
curve on a P/T diagram; and the superscripts v and 1 repre- 
sent the vapor and liquid phases, respectively. The compli- 
cated Eq. 8 is a thermodynamic identity, whose first term is 
called direct and second indirect. The former is the change of 
entropy caused directly by evaporation of a drop of composi- 
tion Z. while the latter is the change of entropy of each phase 
caused by the necessary change of temperature ( d T )  accom- 
panying the isobaric evaporation. 

In terms of enthalpies, Eq. 8 is 

where Z is the actual composition of the drop of liquid evap- 
orated or [ N , / ( N ,  + N 2 ) ] = [ 1 + ( N 2 / N , ) ] - ’ .  The latter ratio 
follows from Eq. 2 as 

Composition Z changes from yH on the DP curve of Figure 2 
( q  = 0) to xl l ,  the last drop of liquid to evaporate ( 4  = 1). 
Equation 10 shows 2 to be a weighted average of x and y ,  
and so, for cases of complete thermodynamic equilibria, it 
must always lie between the two; further, 2 should not be 
confused with the overall composition z .  The indirect term of 
Eq. 9 appears to have always been rightfully neglected in the 
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design of wcttcd-wall towers (Taylor and Krishna, 19931, a 
topic discussed in a later section. It is zero at azeotropic and 
pure end points, but does not vanish, in general, at either 
bubble or dew points. At the initial bubble point ( q  = O), it 
reduces to (dT/r;is),(z - yB)Cb, whereas at the dew point ( q  
= I ) ,  it is ( d T / d y  ),,(xn - 2);.  Because liquid heat capacities 
are gencrally scvcral times those of the corresponding vapor, 
this term usually contributes more to  Eq. 9 near the bubble 
point, as shown by Bett et al. (197.5) in an example with an 
equimolar mixture of oxygen (1) and nitrogen (2) at 1 bar 
where the indirect term contribution was 2.9% at the BP and 
1.6% at the DP. 

Rayleigh ’s equation 
A simpler case of local thermodynamic equilibrium (LTE) 

exists in differential distillation when the equilibrium vapor is 
continuously removed from the still, condensed, and col- 
lected as a homogeneous liquid not in equilibrium with the 
liquid remaining in the still. Instead of d(Vy)  = - d(Dr) ,  we 
now have y(dC’) = - d ( k )  for differential evaporation and 
d( V y )  = - Iccl(I , )  for differential condensation. Again with 
- ( d V )  = ( d L ) ,  the well-known Rayleigh equations result in 

where L,, is the initial moles of liquid in the still for differen- 
tial evaporation, and y> is the initial moles of vapor for dif- 
ferential condensation. Treybal (1980, p. 308) has integrated 
Eq. I I under the assumption of constant relative volatility, 
a , 2  = [y(I - x)/(l- y ) x ] ,  under constant pressure. According 
to the premises leading to Raoult’s law, = [Pp/P2].  
Rayleigh-type equations also apply to  a flowing vapor under- 
going condensation as long as x in the second equation just 
given is replaced by Z,  the composition of the liquid formed 
at the interface (Colburn and Drew, 1937). 

Review of Heat- and Mass-Transfer Literature 
Literature review 

Dcsign methods to model falling film condensation can be 
separated into (1) two-dimensional models, (2) one-dimen- 
sional models, and (3)  the equilibrium model. 

1. Two-dimensional models are based on conservation laws 
and have been successfully used in modeling the condensa- 
tion of a single component. They have had limited success in 
modeling multicomponent systems, however, because the so- 
lution is computationally intensive. Sparrow and Marschall 
(1969) used conservation laws for each phase to calculate 
heat-transfer resistances in the liquid and vapor phases, and 
composition profiles in the vapor phases. Their calculations 
assumed constant interfacial temperature and negligible 
mass-transfer resistance in the liquid phase. Denny and Ju- 
sionis ( 1972) used variable interfacial temperature with con- 
stant cooling water temperature to investigate the effect of 
forced flow on the heat-transfer resistances close to  the 
entrance of the condenser. They reported a significant non- 
monotonic change in the interfacial temperature and interfa- 
cial compositions. These authors assumed the bulk vapor 
composition to he constant, in essence assuming that the va- 
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por phase was infinitely bounded. From a practical stand- 
point, the problem with two-dimensional models is that the 
complication of the second dimension does not give signifi- 
cantly better results in comparison to simpler one-dimen- 
sional models. 

2. One-dimensional models, which form the basis for the 
section titled “Results from Design Calculations,” are re- 
viewed in detail later in this section. More recent works in- 
clude Krishna and Standard (19761, who derived an exact ma- 
trix solution to Maxwell-Stefan equations by converting a 
two-component scalar problem into a multicomponent matrix 
problem. Earlier, Torr (19.57) and Stewart and Prober (1964) 
proposed an approximate linearized theory for multicompo- 
nent diffusion based on the assumption that the effective 
diffusion coefficient remains constant through the film. 
Krupiczka et al. (1990) experimentally determined process 
parameters for countercurrent columns. They reported that 
their one-dimensional model fits the experimental data well 
and was within 30% for 85% of the points analyzed. Their 
analysis is based on assuming zero and infinite mass-transfer 
resistance in the liquid phase and then comparing these re- 
sults to experimental data. Bandrowski and Kubaczka (1981) 
and Taylor and Smith (1982) studied the effect of thermal 
and diffusion resistances in a cocurrent column. 

3. An equilibrium model, proposed by Silver (19471, modi- 
fied by Bell and Ghaly (1972), and commonly referred to as 
the Silver-Bell method, is widely used by practicing engi- 
neers for the design of mixed-vapor condensers. Here, de- 
tailed mass-transfer equations are not used, and i t  is assumed 
that the gas remains saturated. Gas-side resistance is in- 
cluded by assuming the sensible heat change of the saturated 
gas mixture to be conducted through the gas film. The only 
data required are the dew-point and the bubble-point curves. 
The Silver-Bell method is preferred because little physical 
property data are needed. However, McNaught (1979) and 
Webb et al. (1996) have shown that large errors can result 
from using the Silver-Bell method relative to the one-dimen- 
sional film models of the previous paragraph. Further, Webb 
et al. (1996) have shown that the Silver-Bell method is very 
sensitive to the Lewis number ( L e  = Sc/Pr) for the vapor 
phase, and the calculated profiles should be used only when 
the Lewis number is close to or  slightly less than unity. Also, 
they derived a correction factor that significantly reduces this 
error. This model remains viable because industrial design is 
very conservative. 

In all of the preceding models, the mass transfer in the 
liquid phase is neglected by assuming that the flux mass- 
transfer coefficient, k L ,  is either infinity or zero. For an in- 
finitely mixed condition, ( k L  = m), the interfacial liquid-phase 
composition equals the bulk condensate composition, and for 
an infinitely nonmixed condition, ( k L  = O), the interfacial liq- 
uid-phase composition equals the flux composition Z.  Kent 
and Pigford (1956) experimentally determined the liquid- 
phase flux mass-transfer coefficients, and these values are of 
the same order of magnitude as the vapor-phase flux mass- 
transfer coefficients. This implies that the flux mass-transfer 
resistance in both the liquid and vapor phases is important to 
the condensation process. Liquid-phase mass-transfer corre- 
lations are not available for falling film condensers, so the 
only recourse is to use the correlation derived for falling film 
evaporators. Recently, Palen et  al. (1994) used the approxi- 
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First drou of condensate 

Figure 4. Typical mass- and heat-t6nsfer gradients a d 
thermodynamics in a cocurrent condenser. 
This figure establishea the reference framc and the signs for 
ratc tcrmx in thc tcxt. 

mate film-thcory formulation to obtain a correlation for the 
liquid-phase mass transfer for a mixed-vapor evaporation 
from a fdling film. The mass-transfer values calculated, by a 
hand calculator, from the Palen et al. (1994) correlation are 
in the same order of magnitude as the experimental values 
reported by Kent and Pigford (1956). 

The recent text of Taylor and Krishna (1993) provides an 
exccllent review of the entire field. We emphasize below 
points from the literature, providing thermodynamic insights, 
which later lead to our contributions. 

Nusselt liquid-Jilm condensation 
Equations for calculating the laminar liquid-film thickness 

6, with the vertical position { of Figure 4, and tor the local 
heat-transfer coefficient, h L ( [ )  = ( R L l q )  ' of Figure 5, for 
filmwisc condensation of pure vapors were first obtained by 
Nussclt (1916) (see any heat-transfer text; e.g., Kreith, 1973): 

I 42 1 
I 

where h' = ( k , / 6 , ) ,  k ,  is the thermal conductivity of the 
liquid, pLL. its viscosity, and pr. its mass density. T, is the 
interfacial temperature, whereas TM, is the inner wall tcm- 
pcraturc. Here we neglect changes in the area normal to the 
heat fluxcs 4 and to thc mass fluxes N,. Nusselt assumed that 
both the wall temperaturc and thc interfacial temperature 
are constant; sensible heat term is taken into account for the 
vapor, and the temperature profile across the liquid film is 
assumed to be linear. Later, Sparrow and Marschall (1969) 
extended Nusselt's film theory to binary mixtures; here wc 
use that treatment (Eq. 12) to provide local heat-transfer co- 
cfficients hf only, whereas our vapor-side heat-transfer 
coefficients and both liquid- and vapor-side mass-transfer co- 
efficients come from the vcry different film theory of Colburn 
and Drew (1937) below. 

Two-film theory of Colburn and Drew 
In dynamic cases, such as the vertical tube condenser with 

a liquid film on the inner wall, LTE is assumed only at the 
gas/liquid interface. with neither the gas nor liquid phase 
homogeneous for some vertical position { at steady-state 
conditions. In classic two-film theory. there are resistances to 
both heat and mass transfer on  both the gas and liquid sides 
of the interface, as shown by Figures 5 and 6, respectively. In 
Figure 5, R denotes a resistance to heat transfer according to 
Newton's law of cooling, and is the same as the reciprocal of 
the corresponding heat transfer coefficient h,  except that R,, 
is the wall thermal conductivity divided by the wall thickness. 
Thc heat flux 4v is generally small compared to the heat of 
condensation 4,  at the interface I. The resistance R,,, in- 
creases (hi '  dccrcases) as [ increases for a downward-flowing 
gas, losing mass to condensation (Kent and Pigford, 1956). 
Obviously, the resistancc R ,  increases (h ' ,  decreases as in 
Eq. 12) as [ increases. In Figure 6, M represents the corre- 
sponding resistances to total mass transfer based on mole- 
fraction driving forces, so M is just the reciprocal of the 
mass-transfer coefficient thus defined. For Figures 5 and 6, 

Figure 5. Heat-transfer resistance for the condensation 
process. 

Figure 6. Mass-transfer resistance for the condensation 
process. 
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the static equilibrium case of the previous section (Figure 1) 
corresponds to zero values for all the resistances. We also 
acknowledge that the chemical potential of species i is the 
correct potential function for diffusion as opposed to the cor- 
responding mole fraction, but M also includes convection ef- 
fects, so we will use the usual methods of mass transfer. 

In the dynamic case, each resistance is influenced by 
molecular (conduction or diffusion) and bulk transport terms. 
This one-dimensional model was largely formulated in the 
1930s by Othnier (1929), Colburn and Hougen (19341, and 
Colburn and Drew (19371, although film theory appears to 
have originated with Lewis and coworkers (Lewis, 1916; Lewis 
and Whitman, 1924; Lewis and Chang, 1928). Material bal- 
ances take into account the change in mass and energy in 
each of the phases throughout the condenser. The accuracy 
of the model predictions is strongly dependent upon the ac- 
curacy of the correlations for the heat- and mass-transfer co- 
efficients. Colburn and Drew (19371, in an extraordinary arti- 
cle exhibiting a superb grasp of both thermodynamics and 
transport phenomena, explained commercial data where one 
component was vaporized at the same time the second com- 
ponent was being condensed or ( N J N , )  < 0, which leads to 
Z being outside the interval (@I), which is not possible at 
complete thermodynamic equilibria. Indeed, they first de- 
fined Z and showed that it is neither the interfacial liquid 
composition x I  nor the interfacial vapor composition y,. For 
mass transfcr across the gas film in Figure 4, they showed the 
molar flux of  the first component to be 

where the total condensation rate, w = N ,  + N2;  k,  is the 
mass transfer coefficient for the gas phase (Colburn and Drew 
used the symbol F ) ;  and v* =(v/&) is the dimensionless 
distance across the gas film measured from the interface. 
Colburn and Drew omitted the negative sign in Eq. 13 and 
then used w > 0 to indicate condensation, despite having 
measured TJ as shown in Figure 4. While this compensation 
works, we will save w < 0 for condensation and w > 0 for 
evaporation in keeping with our reference frame of Figure 4. 
If the mechanism for mass transfer in the gas film were purely 
diffusional, then k ,  = (P 9,,/RTS,), where is the diffu- 
sion coefficient in the gas phase and 6, is the thickness of 
the gas film. Equation 13 can be integrated between the lim- 
its of v* = 0, v = y, and q* = 1, y = y,, the bulk value for 
the vapor, which varies only in the axial direction i, 

The mole-fraction profile across the gas film is 

The diffusional contribution of Eq. 13 is then 
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where @ =(w/ky), as used by Taylor and Krishna (1993. p. 
1541, in a development analogous to both Colburn and Drew 
and Bird et al. (1960). Replacing Z in Eq. 16 yields, after 
some algebra, 

which are the same as the Ackermann-type factors E of Tay- 
lor and Krishna (1993), allowing for a reversal of coordinates, 
and the same at the interface as that given by Bird et al. 
(1960, p. 6631, who introduced the k ' symbol for coefficients 
at high rates of mass transfer. It is important to understand 
that the equations of Colburn and Drew (1937) include these 
corrections, and are not limited to low rates or to equimolar 
counterdiffusion, as has been suggested (Pratt and Tuohey. 
1979). 

The condensation rate and the heat flux at the interface. 
due only to condensation qh, are related by 

where A, is the direct term in the differential heat of con- 
densation of Eq. 9, or 

Colburn and Drew developed an energy balance that in- 
cludes (1) the heat flux at the interface due only to condensa- 
tion qhr (2) sensible heat loss by the gas film, and (3) sensible 
heat loss by the liquid film. They then both used an example 
and experience to show that the latter two effects are usually 
negligible in comparison to the first term. Then at any posi- 
tion 5 

where x L  is the bulk liquid mole fraction of 1 and k ,  is thc 
liquid film mass-transfer coefficient. 

The cooling water temperature T,,+ is known, as is y v  and 
the overall heat-transfer coefficient U,  which is the reciprocal 
of the sum of the resistances R,,, R,, and R ,  of Figure 5. 
can be estimated. Resistance R,  must be taken independ- 
ently from a liquid film theory for heat transfer, such as Nus- 
selt's theory, because the nature of the boundary conditions 
and temperature (or mole fraction) profiles are different for 
heat transfer across the liquid film than they are for heat 
transfer in the gas or mass transfer in either the gas or liquid. 
The three latter cases have a zero flux condition as we move 
away from the interface to either (1) the center line of Figure 
4 for the gas, or (2) the inner wall/liquid boundary for the 
liquid. 
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The mass-transfer coefficient k, can be found from a j -  
factor correlation using data for 'the corresponding vapor- 

in theory, but is more difficult to estimate accurately in prac- 
tice. Since the pressure is fixed, the gas on the T - x diagram 
of Figure 2 is cooled to the DP temperature-here T,, where 
Z = x ,  -near the top of the tower. As this also fixes the 
equilibrium mole fractions at the interface, Eq. 20 provides 
both w and Z without using the last equality, which is mean- 
ingless without a liquid film. Some trial and error is involved, 
as A,(Z). 

In the general case of i # 0, Eq. 20 remains valid, but the 
path followed on the T - x diagram of Figure 2 is not vertical 
across the gas film. Colburn and Drew rewrote Eq. 20 as 

phase heat-transfer coefficient: k, can be found the same way 1 .. 

Y v - z  

0 0.05 0.1 0. I5  0.2 

Y1-Yv 

where 

E ,  = exp[ - U(T,  - <,b)/Azkll = exp[w/k, 1 

= [ ( Z - y , . ) / ( Z - y , ) l .  ( 2 2 )  

Similar equations can be drawn on the liquid side with Z = 

[x, - x L E L ] / l l  - EL], where EL =exp[-U(T, -Tc,,)/AzkA] 
= exp[w/k,] = [ (Z  - x,)/(Z - x,)]. Then, as discussed by 
Colburn and Drew, E ,  and E L  can only lic between zero 
and unity for condensation. As commonly occurs for conden- 
sation, y ,  < y, for the light-behaving component (x, < y,), 
then Z is negative for low ( -  w) and positive for higher val- 
ues as shown by Figure 7 ( y v  = 0.7; y, = 0.8). We found these 
relations easier to follow using a rearrangerncnt of Eq. 22: 

with Figure 8 showing that for (- w/k,)= 0.12, a low con- 
densation rate, the slope of the straight line, is [exp(- w/k,) 

0.2 I 
on 

N ,  > 0 
lV2 < 0 

\ -02 Netcondensation 

Figure 8. Difference between bulk vapor composition 
and Z vs. the difference between interfacial 
vapor and bulk vapor compositions for a low 
rate of condensation corresponding to ( w /  
k,,) = 0.12; the relation is linear and so may be 
extrapolated. 

- 11- '. or 7.84, causing the difference (y ,  - y L T )  to be in- 
creased in terms of ( y , ,  - Z ) .  Thus. when yI.  < y,, by say 
only 0.1, as for Figure 7, ( y , ,  - Z )  = 0.78, meaning if the va- 
por feed composition is less than this value we would have a 
negative value of Z,  here -0.084. The case of y v  > y,, cited 
by Colburn and Drew, is a stranger situation for condensa- 
tion, as ( y , ,  - Z )  will be negative, indicating that the light 
component is preferentially condensing and Z may be driven 
higher than unity; this, however, should be expected whcn 
condensing a gas with y,, > yAz,  for systems forming positive 
azeotropes ( + AZ), or the reverse for systems forming nega- 
tive azeotropes ( - AZ). 

Van Es and Heertjes (1962) gave another view of Z as the 
value of y as 9 -+ m in their figure 4. That is, at the right edge 
of the gas film, J is y,), but (dy/dv* 1 = @(yL. - Z )  f 0. A 
nonphysical extrapolation of this curve y(v*) to higher values 
of v* leads to y = Z in Eq. 15 as 9 +x(w < 0). This ap- 
proach shows that y ,  must lie between y ,  and Z for net 
condensation, as with Eq. 14, whereas y, lies between yc, 
and Z for net evaporation, and Z cannot lie between y, and 
y,, for either case. 

To solve for an incremental column height ill, the com- 
plete form of Eq. 20 is generally necessary. The unknowns 
are Z,  w .  and T,, and Eq. 20 provides three equalities so a 
solution by trial and error is possible when 0'. q.,,., h,(Z), 
k,. k,t, hC; y,,.  and x L  are known. To proceed down the 
tower for thc next increment column height A[, 

y m x l  
where V (molcs/time) is the total vapor flow rate; A is the 
area of the cooling surface; aH = ( -  wC;;,/h"), where molar 
hcat capacity of the vapor is C j  = y,Ci, +(1 - y,,)C;? evalu- 
ated at TL,, but C,& = ZC;, +(1-  Z)C;? is evaluated at the 
mean of T,,. and T,. The factor e,  is the original Acker- 

Figure 7. Net evaporation or condensation as a func- 
tion of Z (the ratio of the molar flux of compo- 
nent 1, N, to the net flux, [ (N ,  + N,)] for y, = 

0.8 and y, = 0.7). 
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mann correction for heat transfer (Ackermann, 1937), like the 
similar correction to mass-transfer coefficients, Eq. 17, both 
for high mass-transfer rates. Further, 

When Eq. 25 is combined with Rayleigh’s equation for the 
gas, 

Partial condenser equations of Kent and Pigford 
Here Eqs. IS (with v* = 1) and 28 [with w =(dV/dA)] of 

Colburn and Drew are combined to show that the number of 
transfer units 

where the subscripts 1 and 2 indicate vertical positions in the 
tower. Because the gas phase would be in turbulent flow, it is 
assumed that k ,  is proportional to V; furthermore, w is re- 
placed by -[(I.’, -- V 2 ) / r D [ ] ,  where D is the tower diameter. 
Then using the log-mean average of k,,  it is shown that an 
average value of ( -  w/k,) = (V/k , ) l ( rD<)p In(V,/V2), al- 
lowing for simple integration of Eq. 27 with the denominator 
taken as a constant. The correct result is 

but unfortunately equation 14 of Kent and Pigford (1956) 
was printed with the denominator of Eq. 28 as 1 - 
(V , /V2)- ‘[ ( ’ ’h , )1v~us)?  which is different. A graph (Figure 1 of 
Kent and Pigford) of NG vs. In (VJV,) was provided for the 
incorrect equation, with (k, /V),(rD< as a parameter. The 
left side of the graph corresponds to a negligible rate of con- 
densation, or (V l /V2)  + 1, which by L‘Hopital’s rule is just 
the value of the parameter ( k , / V ) l ( r D [ )  for either version 
of Eq. 28. In our Eq. 28, however, NG will decrease with 
increasing (Vi /V2) ,  whereas it increases in Figure 1 of Kent 
and Pigford. Rayleigh’s equation (Eq. 11) for differential con- 
densation corresponds to zero gas-side resistance to mass 
transfer, but infinite liquid-side resistance, as the liquid drops 
are removed when formed; that is, k ,  is infinite but k ,  is 
zero. These values are reversed on Figure 1 of Kent and Pig- 
ford, although Rayleigh’s equation of Nc; = In (V,/V,) is cor- 
rectly graphed. The authors are misled into stating that for 
large values of (V, /V2) ,  NG is independent of the gas-side 
resistance to mass transfer and can be calculated from 
Rayleigh’s equation. It is then understood that Rayleigh’s 
equation should not be graphed on Figure 1 of Kent and 
Pigford, which is captioned “Partial condensation in counter- 
current column: gas-film resistance only,” because here the 
liquid-film resistance is zero, whereas in Rayleigh’s equation 
it is infinite. Whether flow is parallel or countercurrent makes 
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Figure 9. Number of transfer units as a function of the 
logarithm of the ratio of inlet to existing gas 
flow rates. 
This figures corrects Figure 1 of Kent and Pigford (1956) so 
that it is consistent with other figures and equations in that 
publication. 

no difference here, as the liquid-phase resistance is zero. Fig- 
ure 9 is the corrected version of Figure 1 of Kent and Pig- 
ford; when the parameter ( k , /V ) , ( rD<)  is zero, then the 
denominator of Eq. 28 diverges, causing Nc; to be zero. Nc; 
is divergent when (k , /V) l ( rD< ) is infinite, corresponding to 
no resistance to mass transfer in either phase; this would also 
correspond to the earlier case of complete thermodynamic 
equilibrium if there also were no thermal gradients. 

This error in the work of Kent and Pigford is mystifying, 
because they go on to correctly derive a general equation 
(their Eq. 16; see their appendix) for the case of where the 
liquid-film resistance is not zero, using a corresponding pa- 
rameter ( k , / L ) , ( r D [  >. The corresponding Figure 2 of Kent 
and Pigford and the description of Rayleigh’s equation fol- 
lowing their equation 16 are likewise correct, as is their com- 
parison to experimental data in their Figure 5. Indeed, the 
curve of ( k , / L ) , ( r D [ )  = ~0 on the bottom panel of their Fig- 
ure 2, ( k , / V ) , ( r D < )  = 1, must be the same as the corre- 
sponding curve on their Figure I, but it is not. Replacement 
of their Figure 1 by our Figure 9 restores consistency with 
their Figure 2 and, indeed, with the remainder of their work. 
Most of the equations of Kent and Pigford, including equa- 
tion 16, apply to either countercurrent or parallel flow, al- 
though some intermediate equations require a change of sign, 
as d V =  - dL for parallel flow, whereas d V =  dL for coun- 
tercurrent; further, these authors followed Colburn and Drew 
(1937) in assuming w to be positive for condensation. 

New Developments in Theory and Understanding 
Mole fraction profiles in wetted-wall towers 

Temperature profiles in wetted-wall towers are as in Fig- 
ure 4 (see also Figure 51, with decreasing temperature as one 
moves from the center line to the cooling water at fixed ele- 
vation <. The mole fraction or composition profiles can take 
several different possible forms, however, and a number of 
such diagrams appearing in mass-transfer texts are not possi- 
ble. Here we assume that the liquid film is always flowing 
downwards due to  gravity, whereas the gas can be flowing 
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eithcr upwards (countercurrent to the liquid) or downwards 
(parallel to the liquid). In Figure 4, y ,  > x , ,  so we conclude 
that y and x represent the mole fraction of the more volatile 
component or, at least, the component behaving more volatile 
when the system is azeotropic. Moving from the centcr line 
of Figure 4 toward the interface there is an adverse gradient 
of y ,  meaning the morc volatile componcnt tends to diffuse 
toward the center line, whereas the heavier component dif- 
fuses toward the interface. Because the heavier component is 
prefercntially condensed from the bulk vapor, 2 = [ N,/( N, 
+ N,) ]<y, .  in agreement with the Van Es and Heertjes 
( 1902) notion, discussed earlier, that 2 is the asymptotic value 
of the y profilc extrapolated to q --$ x. Further, the liquid-film 
profile of Figure 4 shows a lower mole fraction of the light 
component in the bulk as opposed to the interface, because 
the bulk liquid is from condensate above (lower 5 1, which for 
parallel flow condensed at higher temperature, lower j ,  and 
.x, (see Figure 21, and lower Z.  Inversion of the mole fraction 
profilcs of Figure 4 providcs a possible diagram for the heavy 
component. 

As shown prcviously by Eqs. 21 and 22 and Figures 7 and 
8, the light-behaving component ( j l  > x,) must preferentially 
remain in the vapor with condensation ( Z  < y,), whether flow 
is parallel or countercurrent. It has also been shown that the 
value of Z cannot lie between y ,  and yl, so for condensa- 
tion Z < yL, < y, ,  when it is understood that the first compo- 
nent is behaving as the more volatile component. For any 
such published inole fraction diagram involving both the gas 
and liquid phases at some elevation in the tower, it is obvious 
from the magnitudes of y ,  and x, whether the light or heaw 
component mole fraction is being graphed. The diagram may 
or may not specify whether it is for (1) condensation or va- 
porization, or ( 2 )  parallel or countercurrent flow. The more 
specified, the more carefully must the diagram be drawn, so 
as not to violate the preceding discussion. For condensation, 
there are only two choices: (1) Figure 4 when flow is parallel, 
and (2) Figure 4, but with the liquio’ profile inverted (1- in- 
creasing from the interface to bulk (right-to-left)) when flow 
is countercurrent. 

For condensation thc vapor is cooled as it flows through 
the tower, so by Figure 2 the interfacial temperature is ex- 
pected to fall while y, and x ,  increase in the direction of gas 
flow (an anomalous exception occurring at the gas entrance is 
discussed below). Then N2 < 0, N2 < N,, and (dy /dq )  < 0, so 
for the heavy component 2, diffusion and bulk flow must both 
be in the negative 11 direction toward the interface of Figure 
4. However, N, can be either negative (0 < Z < 0.5) or posi- 
tive ( Z  < 0). When N, = 0, the diffusional and bulk contribu- 
tions are equal but opposite, corresponding to a nonconden- 
sible component and y ,  = y ,  E,, from Eq. 21. For uuporiza- 
tion or net evaporation, the liquid is heated so the intcrfacial 
temperature is expected to rise in the direction of liquid flow 
as the more volatile-behaving component (here, 1) is prefer- 
entially removed. Then N ,  > 0 and N2 < N, and (dx /dq)  < 0, 
so for the light component 1 diffusion and bulk flow must 
both be in the positive 77 direction toward the interface. 
However, N2 can be either positive (0.5 < Z < 1) or negative 
( Z  > 1) .  When N2 = 0, the diffusional and bulk contributions 
are equal but opposite, corresponding to a nonevaporable 
component and x2,  = x Z L  EL from the equation following Eq. 
22. In summary, the heavy-behaving component must be dif- 

fusing in the gas phase toward the interface in net condensa- 
tion, whereas the light-behaving component must be diffusing 
in the liquid phasc toward the interface in net evaporation. 

Two examples from thc literature are now provided. First. 
Figurc 5.2 of Treybal (1980) shows positive values for both 
( d x / d q )  and (dy /dq )  across the liquid and gas films, respec- 
tively, but y, < x,. so the figure is for the less volatile-behav- 
ing component. Z ( N ,  is now for the heavy component) > y ,  , 
so condensation would occur; Treybal is safe in not specifying 
condensation or vaporization. The liquid profile shows x, > 
xL. however, so flow must be countercurrent, which is also 
not specified by Treybal. The second example is Figure 15.4 
of Taylor and Krishna (1993), which has the caption: “Com- 
position and tcmpcraturc profiles in condensation.” Again 
both (dx /dv)  and (gy/dv) are positive, but y, > x,, so the 
vapor profile predicts that condensation is preferable to the 
volatile component (see Figure 7).  whereas the liquid profile 
predicts that evaporation is preferable to the heavy compo- 
nent; thus, the diagram is not possible for either condensa- 
tion or evaporation. The figure can be made consistent (1) 
for evaporation by inversion of the liquid profile so that 
( d x / d q )  < 0, or ( 2 )  for condensation by (a) moving the entire 
liquid profile upwards so that y ,  < x,, to correspond to the 
first example from Treybal and to Figure 11.1 of Taylor and 
Krishna, or (b) inversion of the gas profile so that (dy/dq) is 
negative, so the entire diagram corresponds to Figure 4. 

We have picked on two of our favorile mass-transfer texts 
to illustrate that the drawing of mole fraction profiles across 
the gas and liquid films cannot be done without many impli- 
cations concerning whether (1) condensation or vaporization 
is occurring, (2) the flow is parallel or countercurrent, or ( 3 )  
any of these scenarios are possible. 

Additional uses of the T/x  diagram 
Figure 10 shows lines of constant axial position on a tem- 

perature/composition for a steady-state, parallel-flow con- 
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Figure 10. Vapor-phase profile (T, vs. y,,), condensa- 
tion rate profile (TI vs. Z), butk-liquid phase 
profile (T, vs. x L ) ,  dew-point curve ( D P ) ,  and 
bubble-point curve (BPI are shown for a 
methanol/water system on a Txy diagram at 
one atmosphere. 
Composition m d  tcmperature nre \ h w n  for dcctetf 
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denser operating at a fixed pressure (1 bar) with the 
methanol(1 )/water(2) system. While such a diagram is con- 
sidered thermodynamic, as it provides the phase equilibria at 
the vapor-liquid interface of Figure 4, it also shows the tem- 
perature and composition variations across the gas and liquid 
films. and so provides a rather complete picture of what is 
taking place in the condenser. The entering bulk vapor has 
roughly 30” of superheat, and the locus of the bulk vapor 
(T,,, y,, ) is shown in Figure 10 (and Eq. 24). The bulk vapor 
locus must approach the dew-point locus as the condensing 
gas descends through the tower. If all of the gas is con- 
densed, the bulk vapor locus terminates at a dew point. Also 
shown in Figure 10 is the bulk liquid locus (TL, xL), which 
must begin on the bubble-point curve, but then is expected to 
move to lower temperatures and higher values of xL as the 
liquid film is cooled and receives more of the light compo- 
nent via condensation. While Figure 10 does show that the 
temperaturc of the bulk liquid drops monotonically, the in- 
terfacial temperature shows a slight increase at the top of the 
tower before its normal descent down the tower (increasing 
J ); this causes xL. to suffer an initial decrease before its nor- 
mal increase. This interesting anomaly, which to  our knowl- 
edge has not been reported either from experiment or calcu- 
lations, is discussed in a later section. Also shown in Figure 
10 is the locus of Z vs. the interfacial temperature, TI. Here 
Z simply runs from a point on the bubble-point curve at the 
top of the tower to a higher value on the dew-point curve, 
corresponding to the composition of the last bubble of vapor. 
It should be recalled that Z can assume negative values in 
some net condensation examples, for some 5 .  

For simplicity we have drawn straight lines across the va- 
por film from the bulk vapor (T,, y,,) to the interface (T / ,  y,) 
for fixed <. as well as across the liquid film. These lines are 
not likely to be straight, as y is nonlinear with 77 according to 
Eq. IS, whereas the local temperature is also nonlinear with 
7, as shown in the following section. Nevertheless, the slope 
of these straight lines is [ (T ,  - T,),4yv - y,)] for the vapor 
film and [(TI -- TL) / (x ,  - xL] for the liquid film in reference 
to the driving forces for Figures 5 and 6. 

Correcting the Ackennann correction for nonideal solutions 
The original Ackermann correction for heat transfer 

(Ackermann, 1937), 9, of Eq. 24, was derived based upon 
an ideal solution assumption for the gas phase. Here we pro- 
vide a more general result for the Ackermann correction, re- 
moving the ideal solution assumption. This further correction 
should be especially important for gases at high pressures 
when polar components are present. Although we have no 
Ackermann correction for liquid-side heat transfer in our 
present condensation model using Nusselt’s theory rather than 
the more general Colburn and Drew theory, we will use a 
two-film approach in this section for heat-transfer coeffi- 
cients, following the development in chapter 11 of Taylor and 
Krishna (1993). Physically, there is no question that heat 
transfer and heat-transfer coefficients are enhanced due to 
mass fluxeh in the liquid film in the 77 direction; that is, Ack- 
ermann corrections for liquid-side heat transfer do exist but 
are usually not important, as the uncorrected heat transfer 
coefficient is already very high, as argued by Taylor and 
Krishna (1993). 
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In agreement with Figure 5 ,  the total energy flux at the 
interface is 

where 

where is the partial molar enthalpy of component i in the 
vapor, h, is the partial molar enthalpy of component i in the 
liquid, and k ,  is the vapor thermal conductivity. The energy 
flux E is constant across the gas film when defined as 

C 

E ,  = N,g, - k v ( d T / d T ) ,  for g 2 0; 
I = I  

c 
G ,  = C N,h, - k L ( d T / d T ) ,  for g 5 0, (30) 

I = ]  

with I, = E ,  at interface. For steady state, ( d E / d v )  = 0 at 
any position in either the gas or liquid film; then (using gas- 
side notation): 

where 

From Eq. 16, 

whereas the two thermodynamics derivatives arc 

where ep,, is the partial molar heat capacity and y, is the 
activity coefficient, both of component i in the mixture. 
Equations 31-34 can be combined and the second-order lin- 
ear ODE integrated twice with previous boundary conditions 
to provide the temperature profile across the gas film as 
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I 

and 

At the interface, 

qc, = Z>h(?;  - T , ) ,  

where 

q/ = 

so 

(37) 

(39) 

where C:,, is the perfect (ideal) gas-state heat capacity of 
pure i, TRef,, is the perfect gas-state reference temperature 
of pure i (where H," has been set to zero) and HiRcc is the 
residual enthalpy of pure i at ( P .  T,)-see Smith et al. (1996). 
Analogous equations can be derived on the liquid side for 
examples where the Colburn-Drew theory is being used, while 
liquid-side correction via Eq. 39 will yield Z>,l. values that 
are very different from Z H ,  for highly nonideal liquids such 
as methanol/water. As noted in the introduction to this scc- 
tion, the practical importance of this additional correction is 
not great, as the uncorrected heat-transfer coefficients are 
already very high (H,,, low) in a system (Figure 5) where other 
resistances in series are higher. 

Equality of E, with E z  at the interface eliminates terms 
involving C;.,, and with it the refercnce states 

= w cz ,  
I 
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Gas-side activity coefficients are commonly replaced by a ra- 
tio of the mixture fugacity coefficient to the fugacity coeffi- 
cient of the pure component at mixture pressure and temper- 
ature. When both the gas and liquid films are assumed to be 
ideal solutions, Eq. 41 reduces to 

= W C Z , [ ( H , Y -  H,RF)]. (42) 

wherc - S6 ,  is defined under Eq. 24. This simplification is due 
to C,,,, = C,,,, when the solution is ideal. When the gas phase 
is also a perfect (ideal) gas mixture, Eq. 42 is further simpli- 
fied as H,Re' = 0 for the vapor, and Z H  for thc vapor is eval- 
uated with C,,,, = Cp,,; these are essentially the assumptions 
behind Raoult's law. 

Azeotropic W E  
We end this section with some comments about the con- 

densation of an azeotropic vapor. Except for the possibility of 
the reversal of volatility. the presence of an azeotrope does 
not generally complicate condensation. As in other processes, 
the azeotrope acts like a pure component has been placed in 
the middle of the T/x diagram. Condensing a mixture with 
the more common positive azeotrope (minimum boiling) will 
result in interfacial conditions that approach azeotropic pro- 
ceeding in the direction of vapor flow, assuming that the va- 
por is cooled in its direction of flow. Condensation with a 
negative azeotrope would conversely lead the interfacial con- 
ditions away from the azeotrope. These conclusions normally 
would be reversed for evaporation. 

When the inlct vapor is saturated (e.g., on the dew-point 
curve of a T/.  diagram), then that is the initial interfacial 
condition, and it will be on one side of the azeotrope or the 
other. While a vapor/liquid azeotrope may shift its composi- 
tion, temperature, and pressure, it cannot shift if the pres- 
sure (or temperature) is held fixed, because azeotropic con- 
straints cause the Gibbs phase rule to yield a univariant sys- 
tem, regardless of the number of components. When, as in 
Figure 10 (no azcotrope shown), the inlet vapor is not satu- 
rated, then an interesting situation arises where the change 
in y across the gas film is (y, - vv), which could bridge the 
azeotrope. However, Eq. 15 can be rearranged to 

For the first drop of condensate, 2 = s,, so since the brack- 
eted term is always positive for condensation ( w  < O), the 
azeotrope cannot be bridged, as J J ,  and x I  must both lie on 
the same sidc of y ,  on the T/x diagram. When j I  corre- 
sponds to an azeotropic composition at the tower pressure, y ,  
and 1, will assume the same value, even though the vapor i\ 
superheated. 

Results from Design Calculations 
First we show results from solving the cnergy and material 

balance equations, together with the assumed equilibrium at 
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the interface for small increments of elevation, A[, starting 
at thc top of  a parallel (cocurrent) flow tower for 
methanol( 1 )/water(2) at 1 bar, as depicted in Figures 2 and 4. 
The numerical procedure, which is similar to that in example 
15.1.1 of Taylor and Krishna (19931, specifically uses Eqs. 20, 
24, the liquid-side equivalent of Eq. 24, Eq. 41 accounting for 
nonideal liquid effects, and the usual dew and bubble crite- 
ria. (We agree with Taylor and Krishna that the average in- 
terfacial temperature for each sequential increment of eleva- 
tion is the kev variable to assume to initiate the numerical 
calculations because interfacial mole fractions are also then 
fixed.) Such initial guesses should always be made with possi- 
ble two-phase temperatures lying between bubble- and dew- 
point curves on  T/x diagrams, such as Figure 10. Even with 
highly superheated bulk vapors (T,, y,) entering the section 
A[, all of our results show that the converged average inter- 
facial temperature lies between the bubble and dew curve at 
y,. While exceptions obviously exist, it is generally efficient 
to take the midpoint between the bubble and dew curve at 
y ,  as the initial guess of T, for each new section A[. 

The numerical calculations performed make no assump- 
tions about the liquid-phase mass-transfer coefficients, an 
important distinction, because the resulting composition pro- 
files can be quite different. The two opposite assumptions 
commonly made about the liquid phase are: 

1. The mass-transfer coefficient is infinitely nonmixed, k, 
= 0, so the liquid-phase interface composition, x I ,  equals the 
condensing composition, Z .  

2. The mass-transfer coefficient is infinitely mixed, k, = m, 

so the liquid-phase interface composition, xI ,  equals the con- 
densate composition, x L .  

The mass-transfer coefficient in the condensate is calcu- 
lated using the Palen et al. (1994) correlation for the Sher- 
wood number, 

The heat transter in the condensate is calculated using the 
Nusselt solution (1916). The vapor-phase heat- and mass- 
transfer coefficients are estimated using the well-known Col- 
burn and Chilton ,j correlation (1937): 

Table 1. References to Phenomenological Correlations 
and Physical Constants 

References 
Vaporfliquid thermophysical properties Reid et al. (1986) 
Liquid-phase activity coefficients Hala et al. (1968) 

Gmehling and Onken (1977) 
Vapor-phase mass- and heat-transfer Colburn and Drew (1937) 

Liquid-phase mass-transfer coefficients Palen et al. (1994) 
Liquid-phase heat-transfer coefficients Nusselt (1916) 
Metal thermophysical properties 

coefficients 

Perry and Chilton (1973) 

where j is estimated using the Schrodt and Gerhard (1968) 
correlation: 

(46) 

The heat-transfer coefficient in the coolant water, h,,, IS ' es- 
timated using the correlation prescribed by Kern (1965). All 
physicochemical parameters are evaluated at a mean film 
temperature and composition with additional references given 
in Table 1. 

Heat transfer 
The composition of the vapors entering the top of the col- 

umn is y ,  = 0.7 (methanol). The vapor mixture enters the 
condenser at the inlet flow rate of lo4 g/m2 s, and at a tem- 
perature of 370 K. The coolant water enters at the top of the 
column at 310 K, and the coolant water temperature does 
not increase by more than 1 K. 

The individual resistances (condensate film, inner wall, and 
cooling water) in the liquid layer can contribute significantly 
to the overall resistance. Chun and Seban (1972) reported 
that the thermal resistance of a thick stainless tube is approx- 
imately the same order of magnitude as the resistance at- 
tributed to the liquid film. Even for low-resistance materials, 
such as copper tube, the thermal resistance attributed to the 
wall can significantly affect the overall resistance as the con- 
densate film begins to develop at the inlet of the condenser. 
Heat flux obtained from the numerical solutions is reported 
in the form of the ratio, q/qo, where qo is evaluated assum- 
ing negligible heat-transfer resistance in the inner wall and 
the coolant water; therefore, q/q, is always less than unity. 
The available transfer area needed for complete condensa- 
tion depends on the overall thermal resistance and the ther- 
mal gradients. The heat-transfer effects were analyzed over 
the two domains of the length of the column and the fraction 
of vapor condensed, but only the former is presented here, in 
the figures. 

Three different cases are considered in Table 2. Heat- 
transfer coefficients for the inner wall and the coolant water 
are for Case 1: h,,,,=207 kW/m2-K, h,, =220; Case 2: 
hwall = 52, h , ,  = 17; Case 3: hwal, = 21, h, ,  = 4. Case 1 corre- 
sponds to negligible thermal resistances, Case 2 to moderate 
thermal resistances, and Case 3 to high thermal resistances in 
the inner wall and the coolant water. Table 2 provides other 
parameters used in the calculations for Cases 1-3. Figure 11 

Table 2. Tabulated Values of the Pertinent Variables 
Used in the Simulation 

Case 1 Case 2 Case 3 
Vapor Phase 

G,, [g/m' sl 10,000 10,000 10,000 
y, ,  [methanol] 0.7 0.7 0.7 
Tv, [Kl 3 70 370 3 70 
D, [cml 3.5 3.5 3.5 

Cooling Water-a l l  
TCW" [Kl 3 10 310 310 
G, wo [g/m2 sl 1E8 5E6 1E6 
hwa,, [!d/m2. s Kl 207 52 21 
h,, [kJ/m*.s.KI 220 17 4 
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Figure 11. Effect of wall and cooling water resistances 
on q / q ,  as a function of length for the fol- 
lowing three cases described in Table 2 
(Case 1 (A), Case 2 ( o ) ,  and Case 3 (X)). 

shows q/q, as a function of the length. For all the cases con- 
sidered, q/qo increases rapidly as the liquid film begins to 
develop. The thermal resistances in the coolant water and 
the inner wall dominate the resistance in the condensate film 
at the inlet of the column. For Case 1 where the thermal 
resistance in the coolant water and the inner wall is very low, 
q/q, stabilizes for tower lengths above 2 m. For Case 3, q/q, 
never stabilizes; in fact, the coolant water and the inner wall 
have considerable control over the liquid resistance even 
when much of the vapor has condensed. In Case 2, q/q, sta- 
bilizes to a limiting value, but never approaches unity. 

Figure 12 shows the interfacial temperature as a function 
of the length. As noted previously in conjunction with Figure 
10 (Case 2), the interfacial temperature first increases 
anomalously before decreasing with increasing [ (Figure 4). 
This reversal appears to be the result of the liquid-film thick- 
ness increasing strongly with [ for small values of [. Tests 
show that the reversal is physical and not a numerical arti- 
fact. While we have been unable to develop exact equations 
to explain and predict this reversal, considerable insight into 
its cause may be gained by considering the three resistances 
between the interfacial temperature T, and the cooling water 
temperature, T,,,, here assumed constant: 

where R,  = (S, /k ,A,) ,  and A ,  is the interfacial area. As 
assumed by Colburn and Drew (1937), qL is dominated by 

the condensation term w c Z l ( R L  - zi), whereas the resis- 

tances R,, and R ,  vary little with [. The c Z , ( q  

term also often varies little with [, as Z itself is going through 
a minimum in Figure 13, but the condensation rate falls 
rapidly near [ = 0, as shown in Figure 14. Roughly, (T, - Tcw) 
will increase with [ whenever the fractional increase in ( R ,  
+ R ,  + R,) is more than the fractional decrease in w. Re- 
sults from Nusselt’s pure-component model (Eq. 12) are based 

C 

! = I  
c 

r = l  

341 ’ I 
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Figure 12. Interfacial temperature as a function of length 
for the three cases of Figure 11. 

on assumptions (including constant T,!) that arc inconsistent 
with what we wish to calculate here. Once the initial rise in 
T/ is accepted, however, other anomalous results such as the 
dip in Z and xL in Figure 13 are easily understood. 

The overall heat-transfer coefficient for the three cases is 
shown on Figure 15. The liquid-film heat-transfer coefficient 
is approximately equal to Case 1 ,  since in this case the heat- 
transfer resistance is primarily controlled by the liquid film. 
Figure 15 shows the extent to which the resistance in the wall 
and coolant water reduces the overall heat-transfer coeffi- 
cient for Cases 2 and 3 compared to Case 1. Eventually, the 
condensate film resistance dominates the wall and coolant 
water resistance. 

To check for the effect of the nonideal Ackermann correc- 
tions ( E L )  vs. ideal Ackermann corrections (zH) ,  the present 
three cases were redone assuming the vapor is an ideal gas. 
Figure 16 shows [(SL)/(S,$)] vs. the fraction of condensed 
vapor. Deviations from unity at the entrance of the column, 
where condensation rate is very high, are seen to  be signifi- 
cant, especially for Case 1. For low-pressure systems, the ef- 
fect of nonidealities on the condensation profiles is generally 
small since the conductive heat flux is only a fraction of the 
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Figure 13. Composition of bulk vapor (+), interfacial 
vapor (X), interfacial liquid (01, and bulk liq- 
uid (A), as well as the molar flux fraction of 
the volatile component (m) for Case 1 de- 
scribed in Table 2. 
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Figure 14. Net condensation rate w as a function of 
length for the three cases of Figure 11. 

overall heat flux. As the vapor phase becomes more nonideal, 
these deviations can become significant. In general, the ideal 
Ackermann correction factor should be replaced with the 
nonideal Ackermann correction whenever the components 
form nonideal solutions, as this correction is easily made 
within the computer program. 

Mass transfer 
Figure 13 illustrates the profiles of y , ,  y,, x, ,  x L ,  and Z 

vs. length for Case 1, while Figure 14 provides the condensa- 
tion rate w vs. length for all three cases. For cocurrent 
columns, the dew- and bubble-point curves significantly influ- 
ence the condensation profiles. This distinction can be seen 
in Figure 13, which shows the bulk vapor profile, condensing 
profile, and the condensate profile changing with respect to 
the dew- and bubble-point curves. The bulk vapor composi- 
tion increases rapidly since the higher boiling point compo- 
nent, water, is being stripped from the vapor phase to the 
condensate, also causing the bulk vapor temperature to fall. 
The bulk vapor profile then approaches the dew-point curve. 
The condensate profiles, however, show somewhat different 
behavior than previously assumed. If one assumes that the 
liquid-phase mass-transfer coefficient is infinity, then the 
condensate profile should coincide with the bubble-point 
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Figure 15. Overall heat-transfer coefficient, U, as a 
function of length for the three cases of Fig- 
ure 11. 
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Figure 16. Ratio of the nonideal correction factor (5;) 
to idealized correction factor (Z,.,) vs. frac- 
tion of vapor condensed for the present three 
cases. 

curve. For the actual case where k L  is finite (nonzero), Fig- 
ure 13 shows x L  to deviate significantly from x,. The higher 
the condensation rates, the larger this deviation. The con- 
densing composition Z for cocurrent columns can be charac- 
terized by the dew- and bubble-point curves. The condensing 
composition profile begins at the bubble-point curve, where 
x, ,  x L ,  and 2 must begin from a common value at the top of 
the tower. The interfacial temperature maximization causes 
the interfacial composition profiles to go through a mini- 
mum, which causes the bulk condensate composition and 
condensing ( Z )  profiles to go through a minimum. The ex- 
treme of this minimization is shown best by Case 1, where 
the condensate composition goes through a significant rever- 
sal at x L  = 0.6, then rapidly increases. This happens for two 
reasons. At the inlet of the condenser, the condensate com- 
position is approximately equal to the condensing composi- 
tion, which is in equilibrium with the dew-point curve. As the 
interface temperature goes through the maximum, the con- 
densing and bulk condensate profiles turn around sharply. 
They now follow the generally accepted norm that requires 
the condensing and the bulk condensate compositions to con- 
tinuously increase. As the liquid film begins to grow, the con- 
densing composition Z begins to deviate from the bubble- 
point curve and approaches the dew-point curve. The con- 
densing composition profile terminates at the dew-point 
curve. 

Table 3 provides the tower height at which 99% of the 
inlet vapor is condensed under the conditions given in Cases 
1-3, when the liquid mass-transfer coefficient, k L ,  is taken as 
(1) infinity-infinitely mixed; (2) zero-no mixing; and ( 3 )  fi- 

Table 3. Calculated Length ( 5 of Condenser with 
9Wo of Inlet Vapor Condensed and Relative Error in 

Assuming the Liquid-Phase Mass-Transfer Coefficient 
to the Actual Value 

Case 1 Case 2 Case 3 

k ,  = Infinite ( a )  2.76 3.01 3.78 

k ,  = 0 (c) 3.06 3.31 4.20 
Relative error ( b  - a)  4.50% 5.35% 4.30% 

k ,  = Finite ( b )  2.89 3.18 3.95 

Relative ( b  - c) -5.88% -4.09% -6.33% 
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nite (nonzero) from the correlation of Palen et al. (1994). The 
first assumption causes the height to be underpredicted by 
about 5%, while the second assumption leads to overpredic- 
tion by about the same fraction. The first conclusion is in 
qualitative agreement with that reached by McNaught (1983). 

Summary 
The condensation of mixed vapors is a physically complex 

topic, requiring an understanding of thermodynamics, heat 
transfer, and mass transfer. Whether dealing with complete 
thermodynamic equilibria (CTE), as in ou r  section titled 
“Thermodynamics and Phase Equilibria,” or only with local 
thermodynamic equilibria (LTE) at the vapor/liquid interface 
for steady-state wetted-wall tower, as in the rest of the arti- 
cle, we have emphasized the importance of the ratio of molar 
fluxes at  the interface Z .  The temperature/composition dia- 
gram was used to trace both transport phenomena and ther- 
modynamic variables at various tower heights. A selection of 
possible and impossible sets of temperature and composition 
profiles was provided. A correction to the Ackermann factor 
was made, allowing more general use of the design equations 
when solutions are nonideal. 

In the numerical calculations, special emphasis was placed 
on the liquid phase where the mass transfer is solved without 
the usual assumptions. It was shown that the interfacial tem- 
perature for a methanol/water system goes through a maxi- 
mum very close to  the inlet of the condenser, causing a corre- 
sponding minimum in the composition profiles. 
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Notation 
DAB = diffusion coefficient, mz/s 

g =local gravity, m/s’ 
G = mass velocity, g/m2. s 

A H  =change in partial molar enthalpy, J/mole 
J =diffusion flux, mol/m’. s 
L =liquid flow rate [moving systems], mol/s 

MW =molecular weight 
NG =number of mass-transfer stages 
Re =Reynolds number 
Sc =Schmidt number 
Z =ratio of molar flux of component 1 across the interface to total 

flux (condensation rate, w )  

Subscripts and superscripts 
1 =inlet 
2 =outlet 
i =component i 

M =mass 
P =constant pressure 
T =constant temperature 
r =latent heat of vaporization 
G =vapor phase 
x =liquid phase 

u =saturation state 
* =real state 
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